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a b s t r a c t

Accurate interpretation of the experimental data on falling film flows is a critical part of the investiga-
tions in the field of absorption energy system research. However, there is no theoretically proven way
to determine experimental heat and mass transfer coefficients for non-isothermal absorption falling film
flows. In this article, firstly, it is shown how the governing equations of a falling film absorber can be
reduced to two ordinary differential equations and analytic expressions can be obtained for the temper-
ature and concentration profiles along the absorber. Secondly, a new method is proposed to determine
heat and mass transfer coefficients from experimental data and its application is demonstrated by repro-
cessing the experimental data from two experimental studies reported in the literature. The results show
that some of the experimental data were misinterpreted by conventional methods and the errors were
negligible only when heat and mass fluxes were small, which agrees with the fact that the obtained ana-
lytic solutions approach the conventional logarithmic heat and mass transfer equations in such
conditions.

� 2009 Elsevier Ltd. All rights reserved.
1. Introduction

In contrast with single-phase heat transfer or isothermal
absorption, significant changes both in composition and tempera-
ture accompany the sorption processes in absorption refrigeration
systems. The complexity of physical mechanisms in the non-iso-
thermal sorption processes has been forcing researchers to resort
mostly on experiments. However, there has been a great confusion
in the interpretation of experimental data regarding the true driv-
ing potentials in the heat and mass transfer processes. Various def-
initions of heat and mass transfer coefficients can be found in the
literature and to make matters worse, most of them lack theoreti-
cal basis. The invalidity of conventional methods has been recently
investigated by Islam et al. [1–3] and Fujita and Hihara [4] and
some alternative methods have been proposed. However, these
alternatives have some weaknesses, which will be pointed out at
the end of this section, and the problem remains largely unsolved.

First of all, various definitions of heat and mass transfer coeffi-
cients found in the literature are briefly discussed in the following
(see Fig. 1 for notations).
ll rights reserved.
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Wall heat flux is commonly defined by

_qw ¼ k
@T
@y

� �
y¼0
� a0ðT � TwÞ ð1Þ

where Tw is the wall temperature, T is the solution temperature and
a0 is a local heat transfer coefficient. In the literature, different solu-
tion temperatures have been chosen for T including bulk solution
temperature Tb, equilibrium solution temperature Ts and interface
temperature Ti.

The heat rejection to the cooling water can be written as

_qw
avg ¼ UDTavg ð2Þ

where U is an overall heat transfer coefficient and DTavg is an aver-
age temperature difference most commonly defined as

DTavg �
ðT � tÞtop � ðT � tÞbot

ln½ðT � tÞtop=ðT � tÞbot�
ð3Þ

Many studies [5–8] used Tb for T in Eqs. (1)–(3). On the other hand,
[9–11] used equilibrium bulk solution temperatures calculated
from bulk concentration and pressure, i.e. Ts(xb,p), and [12] used Ti

calculated from Tb and xb using the model of Yüksel and Schlünder
[13]. Takamatsu et al. [14] measured local wall temperatures and
calculated average heat transfer coefficients with the arithmetic
averages of Tb and Tw.

Rather unusually, Miller and Keyhani [15] used DTavg ¼
Ti

top � tbot , which is the maximum temperature difference in the
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Nomenclature

A area, m2

a constant in Eq. (A.4)
B constant in Eq. (18)
b, c constant in Eq. (B.4)
C constant in Eq. (17)
Cp heat capacity, kJ kg�1 K�1

c1–3 constants in Eq. (13)
D mass diffusivity, m2 s�1

F constant in Eq. (B.6)
g gravity constant, m s�2

h specific enthalpy, kJ kg�1

hfg latent heat, kJ kg�1

�h partial specific enthalpy, kJ kg�1 of a species
k thermal conductivity, kW m�1 K�1

L absorber length, m
Le Lewis number, (k/qCp)/D
Nu Nusselt number, ab/k � (m2/g)1/3

n exponent of Lewis number in Eq. (B.10)
_n mass flux, kg m�2 s�1

p pressure, kPa
_q heat flux, kW m�2

Ref film Reynolds number, 4Cs/l
s distance along vapour-liquid interface, m
Sh Sherwood number, b/D � (m2/g)1/3

Sth Stanton number for interface heat transfer, ai= _nCpw
Stm Stanton number for mass transfer, qb= _n
T temperature of solution or vapour, K
t temperature of cooling water, K
U average overall heat transfer coefficient, kW m�2 K�1

u velocity in z direction, m s�1

U dimensionless heat transfer coefficient, UL/CsCps

v1,2 eigenvector components
x mass fraction of absorbent in solution
y distance perpendicular to flow direction, m
z distance in flow direction, m

Greek symbols
a0 local heat transfer coefficient, kW m�2 K�1

a average heat transfer coefficient, kW m�2 K�1

b0 local mass transfer coefficient, m s�1

b average mass transfer coefficient, m s�1

�b dimensionless mass transfer coefficient, qbL/Cs

C mass flow per unit perimeter, kg m�1 s�1

Dh heat of absorption (Dh = ahfg), kJ kg�1

DT temperature difference, K
DT thermal boundary layer thickness at the interface, m
Dx concentration difference or driving potential for mass

transfer
Dx concentration boundary layer thickness at the interface,

m
d film thickness, m
f dimensionless distance in flow direction, z/L
k1,2 eigenvalues
l dynamic viscosity, Pa s
m kinematic viscosity, m2 s�1

q density, kg m�3

Uh correction factor for interface heat transfer in Eq. (B.8)
u dimensionless thermal mass flux, _nCpw=ai

Um correction factor for mass transfer in Eq. (B.2)
/ dimensionless mass flux or driving potential for mass

transfer, _n=qbð¼ xb � xiÞ
x dimensionless wall heat flux, _qwCps=UDh½¼ ðTb � tÞCps=

Dh�

Superscripts
b bulk solution
i vapour-liquid interface
l liquid
s saturated or equilibrium
v vapour
w wall
� dew point

Subscripts
s reference condition
avg average
bot absorber bottom
h heat transfer
m mass transfer
s solution
sub subcooling
top absorber top
w cooling water
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system. [16–17] adopted a similar approach but used
DTavg ¼ Tsðxb

top; pÞ � tbot .
Similar to Eq. (1), mass flux at vapour-liquid interface can be

written as

_n ¼ qD
@x
@y

� �
y¼d

� qb0Dx ð4Þ

where b0 is a local mass transfer coefficient and Dx is the driving po-
tential for mass transfer.

The average mass flux at vapour–liquid interface is expressed as

_navg � qbDxavg ð5Þ

where b is an average mass transfer coefficient and Dxavg is an aver-
age concentration difference most commonly defined as

Dxavg �
Dxtop � Dxbot

lnðDxtop=DxbotÞ
ð6Þ

For Dx in Eq. (6), Dx = xb–xi was used in the isothermal absorption
studies including [18,19] and also in many non-isothermal absorp-
tion studies including [5,8,11,12,17].
On the other hand, Kim et al. [20] used a rather unusual average
driving force called ‘‘the logarithmic mean concentration differ-
ence of pressure difference” to take account of the non-condens-
able gas in vapour phase. [14] used Dxavg = (xb–xi)/xi determined
by the arithmetic averages of Tb and xb. [15] used the difference be-
tween the bulk concentrations at the inlet and outlet, i.e.
Dxavg ¼ xb

top � xb
bot , to avoid using the interface concentrations

which they did not measure.
Except for the studies such as Yüksel and Schlünder [13] where

interface concentration xi has been determined from measured
interface temperature, xi has to be calculated somehow from the
condition of bulk solution. In the isothermal absorption studies
[18,19], it was calculated with Henry’s law. And among the non-
isothermal absorption studies above, [12] used the model of Yüksel
and Schlünder [13], Kim and Infante Ferreira [8] used the method
described in Appendix B, Hihara and Saito [5] and Yoon et al [11]
assumed xi = xs(Tb,p) and Bourouis et al. [17] did not clearly men-
tion how they determined it.

As previously mentioned, a few recent studies have addressed
this problem, namely Islam et al. [1–3] and Fujita and Hihara [4].
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Fig. 1. Control volume element of a falling film absorber.
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Islam et al. [1–3] derived two differential equations for heat and
mass transfer from the governing equations of a counter-current
falling film absorber and used the solution to determine experi-
mental heat and mass transfer coefficients. Their approach was
similar to what will be presented in the next section but the formu-
lation of the governing equations in [1–3] was done in such a way
that the physics in the absorption process was insufficiently ac-
counted for.

Fujita and Hihara [4] showed the inadequateness of logarithmic
mean potentials such as Eqs. (3) and (6) by comparing them with
their analytic model. In their model, it was assumed that the driv-
ing potential for mass transfer into a falling film solution flow was
proportional to the difference between the chemical potentials of
bulk solution and vapour and set Dx = ln(p)–ln[ps(xb,Tb)]. However,
their model had a few week points. First of all, chemical potential
difference is a total driving force towards an equilibrium state and
therefore it is a driving force not only for mass but also for heat
transfer. Besides the chemical potential is proportional to T � ln(p)
not to ln(p). By neglecting the temperature term, they conse-
quently assumed that the temperature at vapour–liquid interface
was constant, which is only acceptable for isothermal absorption.

In the following, firstly, a new method is proposed for the deter-
mination of experimental heat and mass transfer coefficients based
on the analytical solutions of the governing equations for falling
film flows. Secondly, the new method is demonstrated by repro-
cessing the experimental data from [8,14].
2. Analytic modelling of falling film flows

Fig. 1 shows a control volume element in the falling film flow on
a vertical wall, where vapour is absorbed at the vapour–liquid
interface and heat is removed across the wall by the cooling water
flowing on the other side.

In this study, the following has been assumed:

– Absorbent is not volatile.
– Fluid properties are constant.
– Heat and mass transfer coefficients are constant.

Justification of these two last assumptions will be given for the
data used in the further analysis.

Mass and energy conservation for the control element give a
total mass balance equation as

dCs

dz
¼ _n; ð7Þ
an absorbent mass balance equation as

d Csxb
� �

dz
¼ 0; ð8Þ

an energy balance equation as

d Csh
b

� �
dz

¼ _nhv � _qw; ð9Þ

which can be approximated by (see Appendix A)

d CsCpsT
b

� �
dz

¼ _nDh� _qw; ð10Þ

and finally an energy balance equation for the cooling water as

dt
dz
¼ � 1

CwCpw

� �
_qw ð11Þ

where a minus sign has been taken for counter-current flow
configuration.

In Eqs. (7)–(11), wall heat flux _qw is defined between bulk solu-
tion and water temperatures by

_qw ¼ UðTb � tÞ ð12Þ

and mass flux _n is given by Eq. (B.14) in Appendix B assuming
Um = Uh = 1 as

_n ¼ qbðc1Tb þ c2xb þ c3Þ ð13Þ

In order to solve the differential equation system, the number of
variables is reduced as follows. Firstly, multiplying Eqs. (10), (8),
and (7), respectively, with c1/Cps, c2 and c3 and summing them up
gives, after noting that from Eq. (13), _n=qb ¼ c1Tb þ c2xb þ c3,

d
dz

Cs
_n

qb

� �
¼ _n

c1Dh
Cps

þ c3

� �
� c1 _qw

Cps

� 	
; ð14Þ

which in turn can be approximated by

d
dz

_n
qb

� �
¼ 1

Cs

c1Dh
Cps

þ c3

� �
_n� c1

CsCps

_qw ð15Þ

for Cs �
R

_ndz can be assumed that Cs � Cs,top.
Similarly, dividing Eq. (10) with CsCps and subtracting Eq. (11)

from it gives, after noting that, from Eq. (12), _qw=U ¼ Tb � t,

d
dz

_qw

U

� �
¼ Dh

CsCps

� �
_n� 1

CsCps
� 1

CwCpw

� �
_qw ð16Þ

Eqs. (16) and (15) are made dimensionless for convenience as

dx
df
¼ �b/� UCx ð17Þ

d/
df
¼ �bB/� UðB� c3Þx ð18Þ

wherex ¼ _qwCps=ðUDhÞ;/ ¼ _n=qb, f = z/L, �b¼qbL=Cs;U¼UL=ðCsCpsÞ,
C = 1–CsCps/(CwCpw) and B = c1Dh/Cps + c3.

Eqs. (17) and (18) form an eigenvalue problem (see e.g. Ch. 4 in
[21]), whose solution is given by

/

x

� 	
¼ �

/top � v2xtop

v2 � v1

� � v1

1

� 	
ek1f þ

/top � v1xtop

v2 � v1

� � v2

1

� 	
ek2f

ð19Þ

where eigenvector elements are given by

v2; v1 ¼ fBþ CU=�b	 ½ðB� CU=�bÞ2 þ 4U=�bðCB� Bþ c3Þ�0:5g=2

ð20Þ
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and the corresponding eigenvalues k1 and k2 are calculated by

k ¼ �bv � CU ð21Þ

Eq. (19) would readily give heat and mass flux profiles, subse-
quently, if U and b were given, Tb and xb profiles could be obtained
from Eqs. (12) and (13). However, calculation of U and b back from
x and / determined by experimental data is not so obvious. First of
all, it is noted from Eqs. (19)–(21) that inlet and outlet conditions
should satisfy

ln
/bot � v2xbot

/top � v2xtop

 !
¼ �b v1 � C

U
�b

 !" #
ð22Þ

ln
/bot � v1xbot

/top � v1xtop

 !
¼ �b v2 � C

U
�b

 !" #
ð23Þ

Removing �b from Eqs. (22) and (23) leaves U=�b as a single unknown
in

v2 � C
U
�b

 !" #
� ln

/bot � v2xbot

/top � v2xtop

 !

¼ v1 � C
U
�b

 !" #
� ln

/bot � v1xbot

/top � v1xtop

 !
ð24Þ

Since Eq. (24) is not convenient for solution, it is rearranged as

/bot ¼ v2xbot þ ð/top � v2xtopÞ

� exp
v1 � CðU=�bÞ
v2 � CðU=�bÞ

" #
� ln

/bot � v1xbot

/top � v1xtop

 !( )
ð25Þ

where the negative value from Eq. (20) should be chosen for v1. Any
numerical technique can be used to find a U=�b that brings the right-
hand side of Eq. (25) close enough to a given /bot on the left. Insert-
ing U=�b determined from Eq. (25) into either Eqs. (22), (23) gives �b
and thus U.

It is noted that integration of Eqs. (17) and (18) from f = 0 to 1
gives

xbot ¼ xtop þ ðL=CsÞ � _navg � CL=ðCsDhÞ � _qw
avg ð26Þ

/bot ¼ /top þ ðBL=CsÞ � _navg � ðB� c3ÞL=ðCsDhÞ � _qw
avg ; ð27Þ

which relate inlet and outlet conditions with average heat and mass
fluxes. Since no heat and mass transfer coefficients are involved,
Eqs. (26) and (27) can be used to check the consistency between
experimental data and the present model.

For a quick analysis, one may assume constant heat and mass
flux, respectively, in Eqs. (15) and (16) to obtain

U ¼ CsCps

CL
� ln

ðTb � tÞtop � _navgDh=ðUCÞ
ðTb � tÞbot � _navgDh=ðUCÞ

" #
ð28Þ

b ¼ Cs

qBL
� ln

ðxb � xiÞbot � c1 _qw
avg=ðqbBCpsÞ

ðxb � xiÞtop � c1 _qw
avg=ðqbBCpsÞ

" #
ð29Þ

Note that Eqs. (28) and (29) approach their counterparts in sensible
heat transfer and the absorption of sparingly soluble gases (see e.g.
[18,19]) when _navg and _qw

avg approach zero. Again, Eqs. (28) and (29)
are not readily solvable. Instead, the following rearrangements give
fast-converging solutions.

U ¼
_navgDh

C
1� expðUCL=CsCpsÞ

ðTb � tÞtop � ðT
b � tÞbot expðUCL=CsCpsÞ

" #
ð30Þ

b ¼
c1 _qw

avg

qBCps

1� expðqbBL=CsÞ
ðxb � xiÞbot � ðxb � xiÞtop expðqbBL=CsÞ

" #
ð31Þ

Starting with initial estimates from the right-hand sides, the result-
ing U and b on the left are fed back to the right sides and then the
process is repeated until the changes become acceptably small.
It should be warned that Eqs. (28)–(31) are approximately valid
only when heat and mass flux profiles do not change significantly
along the absorber and therefore would give large errors when this
condition is not met.
3. Application of the results

For demonstration of the results, the experimental data of Tak-
amatsu et al. [14] and Kim and Infante Ferreira [8] have been
reprocessed and the results are presented in the following.

First of all, several dimensionless numbers have been defined as
follows.

In order to measure the uncertainties involved in the data pro-
cessing, two error indices are defined by

ðDx=xÞbot � ½ðT
b
bot � tbotÞCps=Dh�xbot�=xbot ð32Þ

ðD/=/Þbot � ½ðc1Tb
bot þ c2xb

bot þ c3Þ � /bot�=/bot; ð33Þ

where Tb
bot and tbot are the temperatures of bulk solution and cooling

water measured at the absorber outlet and xbot and /bot are ob-
tained from Eqs. (26) and (27) with xtop = (Tb–t)topCps /Dh and
/top ¼ ðc1Tb

top þ c2xb
top þ c3Þ determined from the experimental data.

Eqs. (32) and (33) may be considered as the uncertainties in heat
and mass transfer coefficients, respectively.

The Nusselt number has been defined as

Nu ¼ ab=k� ðm2=gÞ1=3 ð34Þ

where ab is the film heat transfer coefficient between bulk solution
and the wall which is calculated back from U.

The Sherwood number has been defined as

Sh ¼ b=D� ðm2=gÞ1=3 ð35Þ

Before presenting the results, it should be stated that the heat and
mass transfer correction factors, i.e. Um and Uh (see Appendix B),
were neglected in the following analysis. It has thus been assumed
that heat and mass are transferred only via diffusion at the
interface.

3.1. Takamatsu et al. [14]

Takamatsu et al. [14] presented experimental data for the
absorption of water vapour into falling film flows of 53 wt% aque-
ous LiBr solution inside of a 400-mm long copper tube with
19.05 mm diameter (internal diameter 16.05 mm) in the film Rey-
nolds number range from 50 to 550. They compared their results
with those of Kim and Kang [22] and pointed out that Nusselt
and Sherwood numbers were strongly dependent on the subcool-
ing of the inlet solution and on the tube length.

They calculated heat transfer coefficients using an arithmetic
mean difference between bulk solution and wall temperatures,
i.e. DTavg = (Tb–Tw)avg, and mass transfer coefficients assuming
Dxavg = [(xb–xi)/xi]avg with xi determined in a way much similar to
that of Yüksel and Schlünder [13].

Fig. 2 shows the two error indices defined by Eqs. (32) and (33)
calculated for the experimental data.

Fig. 2a suggests that uncertainty in the heat transfer coefficients
would be well within ±10%. On the other hand, Fig. 2b suggests
that uncertainty would be larger for mass transfer coefficients.

Figs. 3 and 4 show the original and recalculated Nusselt and
Sherwood numbers respectively for two different inlet subcool-
ing values (DTsub = 0, 5 K) and film Reynolds numbers above
100.

In Figs. 3a and 4a, it appears indeed that Nusselt and Sherwood
numbers are dependent on inlet subcooling. According to the re-
sults, inlet subcooling influences positively on Nusselt number
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and negatively on Sherwood number, from which they reported
that ‘‘the absorption process is largely dependent on the liquid
subcooling at the inlet”. Actually, the dependence of falling film
flows’ transfer coefficients on inlet conditions has also been re-
ported by several other researchers including [10,22].

Figs. 3b and 4b show newly calculated Nusselt and Sherwood
numbers, respectively, for the same experimental data according
to the procedure explained in the previous section. Note that no
systematic deviation can be found for different subcooling condi-
tions. As expected, the consistency between the calculated transfer
coefficients is very good for Nusselt numbers in Fig. 3b and it is
reasonable for Sherwood numbers in Fig. 4b. Although it appears
that the Sherwood numbers are somewhat dependent on cooling
water temperature, it is not certain because the deviation is within
the measurement errors reported in [14].

Although it cannot be concluded after a single set of data anal-
ysis that transfer coefficients are independent from inlet subcool-
ing, the results in Figs. 3 and 4 suggest that there might be
significant errors in those studies where transfer coefficients were
reported to be dependent on inlet subcooling. Nevertheless the
constant transfer coefficients that have been assumed in the pres-
ent model must have introduced certain errors to the local temper-
ature and concentration values and therefore contributed to the
errors in Fig. 2.

Table 1 summarizes some of the properties used in the calcula-
tion. Variation of a property in the absorption processes is well
within ±5% of its representative value. Therefore the assumption
of constant properties is reasonable.
3.2. Kim and Infante Ferreira [8]

Kim and Infante Ferreira [8] reported experimental results for
plate absorbers with different surface geometries and aqueous LiBr
solutions (48–50wt%). Their absorber consisted of a copper plate
heat exchanger with its 95 � 540 mm2 heat transfer surface ex-
posed to an evacuated space within a 900-mm long /150 mm glass
tube. Solution was supplied through a liquid distributor at the top
and collected by a receiver mounted at the bottom. They tested the
heat exchanger with and without #22 copper-wire screen
stretched over the heat transfer surface to measure its influence.
They also measured the influence of octanol (2-ethyl-1-hexanol)
as a surfactant.

They calculated heat transfer coefficients using Eq. (3) with
T = Tb and mass transfer coefficients using Eq. (6) with Dx = xb–xi

and xi from Eq. (B.13) in Appendix B assuming Um = Uh = 1.
Fig. 5 shows the two error indices for their experimental data.
Both error indices indicate that most of the data would agree

with the new method with ±10% of uncertainty.
Fig. 6a and b show the original Nusselt numbers and newly cal-

culated ones, respectively.
It is noted that while the difference is negligible for the cases

without surfactant, it is substantial for the cases with surfactant.
This suggests that error of the conventional method is large when
heat and mass fluxes are large.

Fig. 7 shows newly calculated Sherwood numbers for the adia-
batic and water-cooled test data. In [8], only the Sherwood num-
bers for adiabatic test results were presented because some of
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water-cooled tests were done with superheated solutions at the
absorber inlet so that the logarithmic mean concentration differ-
ence could not be defined.

The newly calculated Sherwood numbers for the adiabatic test
data are found only slightly different from the original ones sug-
gesting that the conventional method was acceptable for the adia-
batic data. Another interesting point from Fig. 7 is that Sherwood
numbers are so much different for adiabatic and water-cooled
data. Depending on the heat transfer surface and surfactant con-
Table 1
Properties used in the recalculation of experimental data from Takamatsu et al. [14].

Ref DTsub/tin xb (in/out) Tb (in/out)

130.5 0 K/22.7 �C 0.540/0.530 39.7/33.6
346.2 0.536/0.533 38.9/34.2
558.2 0.539/0.538 39.7/35.7

131.8 0 K/27.0 �C 0.539/0.531 39.5/35.4
354.4 0.538/0.536 39.4/35.8
549.4 0.538/0.537 39.4/36.3

127.5 5 K/22.7 �C 0.535/0.524 33.6/32.8
353.7 0.535/0.531 33.8/33.5
544.0 0.536/0.534 34.0/33.7

131.6 5 K/27.0 �C 0.540/0.531 34.6/35.3
355.3 0.537/0.534 34.2/35.2
552.5 0.536/0.534 34.2/35.0

1,2 Calculated from the inlet bulk conditions.
* Calculated with the average bulk conditions. Differences from the inlet and outlet pr
centration, the Sherwood numbers have increased by 2–10 times
when the absorber was cooled by cooling water implying that
the wall heat flux significantly influenced the mass transfer
process.

Table 2 summarizes some of the properties used in the calcula-
tion. Variation of a property in the absorption processes is with-
in ±10% of its representative value. Therefore the error of
constant property assumption is larger than for the case of Tak-
amatsu et al. [14].

It is interesting to compare the data of Takamatsu et al. [14] and
Kim and Infante Ferreira [8]. Figs. 3b and 6b exhibit different
trends against film Reynolds number. While Nusselt number in-
creases with decreasing film Reynolds number in Fig. 3b, it de-
creases in most cases of Fig. 6b. It should however be noticed
that most experiments reported by [8] apply for relatively low Rey-
nolds numbers for which complete wetting of the surface cannot
be expected. This is the main reason for the different trends in
Fig. 6b. The wet fraction of the heat transfer surface in [8] was ob-
served to increase with film Reynolds number within the test
range. This agrees with the observation of Takamatsu et al [14] that
the surface was incompletely wet for the film Reynolds numbers
below 130. On the other hand, Sherwood numbers in both studies
show similar trends in Figs. 4b and 7b, where Sherwood numbers
commonly increase with decreasing film Reynolds number. For
the Sherwood number of Takamatsu et al. [14], this trend seems
reasonable considering that Yüksel and Schlünder [13] also re-
ported the same trend from their measurement in the correspond-
ing film Reynolds range. But for Kim and Infante Ferreira [8], it may
be prudent to postpone a conclusion due to the absence of compa-
rable data in the literature.

4. Conclusions

Two differential equations have been derived from the govern-
ing equations of a falling film absorber by applying film theory and
mixture thermodynamics, from which eigenvalue solutions were
obtained for the temperature and concentration profiles. Based
on these analytic solutions, a new method has been proposed for
experimental determination of heat and mass transfer coefficients
and its successful application has been demonstrated by reprocess-
ing the experimental data of Takamatsu et al [14] and Kim and In-
fante Ferreira [8]. The reprocessed results of Takamatsu et al. [14]
showed that the originally reported transfer coefficients’ depen-
dence on inlet conditions resulted from a misinterpretation of
the experimental data due to the invalid definition of driving
potentials. Reprocessing of Kim and Infante Ferreira [8]’s data re-
vealed that the errors of conventional methods were substantial
1@Ts/@x 2a � 10+3 *Le *Pr
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Fig. 5. Deviation of Kim and Infante Ferreira [8]’s data from the analytic solution.
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Fig. 6. Nusselt number comparison for Kim and Infante Ferreira [8].
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when heat and mass fluxes were large and the mass transfer in fall-
ing film flows was significantly promoted by the intensity of wall
heat flux.
Appendix A. Solution thermodynamics in sorption processes

The energy balance over a control volume element in an absorb-
ing or desorbing falling film flow is given by

dðCsh
bÞ

dz
¼ _nhv � _qw ðA:1Þ

Haltenburger [23] showed that for isothermal evaporation from a
solution, the solution enthalpy at concentration x could be calcu-
lated from a reference concentration xo by

hl;s ¼ x
xo

hl;s
o þ x

Z x

xo

�hd
1
x

� �
ðA:2Þ

where �h is the partial specific enthalpy of the refrigerant in the solu-
tion. For low-pressure systems, �h can be approximated by

�h ¼ hv ;s � Dh ðA:3Þ

where Dh � ahfg and a is defined by

a ¼ T
T�

� �2 dT�

dT
ðA:4Þ
which is the slope of the 1/T*–1/T curve for the solution with a fixed
concentration.

Since the bulk solution is not saturated, hb in Eq. (A.1) can be
written as

hb ¼ x
xo

hl;s
o þ x

Z x

xo

�hd
1
x

� �
þ CpsðTb � Ts

oÞ ðA:5Þ

where Ts
o is the saturation temperature of the reference solution at

the given pressure, i.e. Ts
o ¼ Tsðxo;pÞ.

Multiplying Cs with Eq. (A.5) and differentiating gives

dðCsh
bÞ

dz
¼ _nð�h� CpsT

s
oÞ þ

d
dz
ðCsCpsT

bÞ ðA:6Þ

Inserting Eq. (A.6) into Eq. (A.1) and rearranging it gives

d
dz
ðCsCpsT

bÞ ¼ _n Dhþ CpsT
s
o � CpvðTs � TvÞ


 �
� _qw ðA:7Þ

where the sensible term CpsT
s
o � CpvðTs � TvÞ in the bracket on the

right-hand side is normally negligibly small in comparison with
Dh and may be neglected.

Appendix B. Heat and mass transfer at vapour–liquid interface

Film theory, see e.g. [24,25], postulates that mass is transferred
from the interface to the bulk flow through a thin hypothetical
stagnant layer where convection is neglected in flow direction.
The concentration profile in this layer is distorted by the mass con-
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vection in transverse direction, which can be substantially differ-
ent from that of pure diffusion.

According to the film theory, the mass flux at the vapour-liquid
interface _n can be expressed as

_n ¼ Umqbðxb � xiÞ ðB:1Þ
Table 2
Properties used in the recalculation of water-cooled data from Kim and Infante Ferreira [8

Ref Surface/Octnl xb (in/out) Tb (in/out)

55.5 Bare/0 ppm 0.492/0.470 27.0/22.7
65.5 0.491/0.474 27.3/22.9
78.3 0.491/0.477 27.5/23.0
88.4 0.491/0.479 27.3/23.0

52.0 Screen/0 ppm 0.490/0.469 26.2/22.4
62.3 0.490/0.473 26.2/22.4
77.6 0.490/0.476 26.5/21.9
85.2 0.489/0.477 26.7/21.7

51.9 Bare/100 ppm 0.490/0.462 25.6/18.4
69.3 0.490/0.470 26.5/19.0
84.4 0.490/0.474 26.9/18.9
99.5 0.490/0.477 27.3/18.8

52.8 Screen/100 ppm 0.491/0.468 26.0/19.6
72.8 0.490/0.473 25.5/19.9
88.5 0.490/0.478 26.9/19.7

103.8 0.490/0.479 26.9/19.2

1,2 Calculated from the inlet bulk conditions.
* Calculated with the average bulk conditions. Differences from the inlet and outlet pr
where mass transfer coefficient b is defined by b � D/Dx. Um is a
correction factor for the unidirectional mass transfer across the
boundary layer Dx in Fig. 1, which is defined by

Um ¼
1
xi

/
e/ � 1

� �
ðB:2Þ

where / � _n=ðqbÞ ¼ 1=Stm. In Eq. (B.2), Um approaches 1.0 when /
? 0 and xi ? 1.

Eq. (B.2) assumes, however, that the whole mass absorbed at
the interface is transferred by convection into the film. But this
assumption is disputable for falling film absorption, where convec-
tive mass transfer can be small in transverse direction.

For example, considering the triangular element at the interface
in Fig. 1, mass balance equation is given by

dCy ¼ dC� quidd ðB:3Þ

where a uniform velocity ui has been assumed along dd and the film
thickness d is given for laminar falling film flows as

d ¼ cðm2=gÞ1=3Reb
f ðB:4Þ

with c and b being constants.
From Eq. (B.4) and Ref � 4Cs/l( = 4quavgd/l), Eq. (B.3) gives the

ratio of the transversal convection to the total absorption rate as

dCy

dC
¼ 1� b

ui

uavg

� �
ðB:5Þ

which can be substantially smaller than 1.0 as Nusselt [26] gives
dCy/dC = 0.5 with b = 1/3 and ui/uavg = 1.5 for laminar film flows.

Therefore, when applied to falling film flows, Eq. (B.2) may be
modified as

Um ¼
F
xi

/
e/ � 1

� �
ðB:6Þ

where F (61) is a newly introduced modification factor.
Similar to Eq. (B.1), the heat flux _qi from the interface to bulk

solution is given by

_qi ¼ UhaiðTi � TbÞ ðB:7Þ

where the heat transfer coefficient ai is defined by ai � k/DT. Uh is
known as Ackermann’s correction factor [24] for the convection ef-
fect across the boundary layer DT in Fig. 1, which is defined similar
to Eq. (B.6) by
].
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Uh ¼
Fu

eFu � 1
ðB:8Þ

where u � _nCpw=ai ¼ 1=Sth.
The energy balance at the interface is given by

_qi ¼ _nDh ðB:9Þ

and the heat and mass transfer analogy relates the heat and mass
transfer coefficients as

ai=b ¼ qCpsLen ðB:10Þ

Noting Eq. (B.10), inserting Eqs. (B.1) and (B.7) into Eq. (B.9) and
rearranging gives

xb � xi ¼ ðCpsLen=DhÞðUh=UmÞ � ðTi � TbÞ ðB:11Þ

which binds bulk and interface conditions so that energy and mass
balances are satisfied at the interface.

Note that Eq. (B.11) approaches that of Nakoryakov and Grigor-
eva [27] when Um = Uh = 1.0 and that of Yüksel and Shlünder [13]
when F = 1.0 in Eqs. (B.6) and (B.8). For the exponent of Lewis num-
ber, n = 0.5 is given by [27] and 0.5 6 n 6 0.6 by [13].

Since the solution at vapour–liquid interface can be assumed to
be in equilibrium under the system pressure, expanding an equilib-
rium equation for aqueous LiBr solution in Taylor series and taking
only the first two terms gives Ti as

Ti ¼ @Ts

@x

� �
ðxi � xoÞ þ Ts

o ðB:12Þ

where xo is the concentration of a reference solution, Ts
o is its equi-

librium temperature, i.e. Ts
o ¼ Tsðxo;pÞ, and the gradient is defined

by ð@Ts=@xÞ ¼ lim
Dx!0
ðDTs=DxÞ at x = xo.

Inserting Eq. (B.12) into Eq. (B.11) gives

xb � xi ¼ c1Tb þ c2xb þ c3 ðB:13Þ

where c1 � �1/[(@Ts/@x) + (Um/Uh)Dh/(CpsLen)], c2 � �c1(@Ts/@x)
and c3 � �c1½Ts

o � ð@Ts=@xÞxo�.
Finally, inserting Eq. (B.13) into Eq. (B.1) gives

_n ¼ Umqbðc1Tb þ c2xb þ c3Þ ðB:14Þ
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